Techno-economic assessment of the production of phthalic anhydride from corn stover  by Giarola, Sara et al.
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Phthalic anhydride is used worldwide for an extremely broad range of applications spanning
from the plastics industry to the synthesis of resins, agricultural fungicides and amines. This
work proposes a conceptual design of a process for the production of phthalic anhydride
from an agricultural residue (i.e. corn stover), energy integration alternatives as well as water
consumption and life cycle greenhouse emissions assessment. The techno-economic and
ﬁnancial appraisal of the ﬂowsheet proposed is performed. Results show how the valoriza-
tion  of all the carbohydrate-rich fractions present in the biomass as well as energy savings
and integration is crucial to obtain an economically viable process and that it is in princi-
ple  possible to produce renewable phthalic anhydride in a cost-competitive fashion with a
lower impact on climate change compared to the traditional synthetic route.hthalic anhydride
imulation
©  2015 The Authors. Published by Elsevier B.V. on behalf of The Institution of Chemical
Engineers. This is an open access article under the CC BY license
(http://creativecommons.org/licenses/by/4.0/).
and converted into alcohols. Ethanol and a mixture of higher alcohols.  Introduction
orld phthalic anhydride (PA) demand is mainly driven by end-use
pplications such as phthalates-based plasticizers (62%), resins (38%,
.g. alkyd and UPE resins) and, to a lesser extent, dyes (mcgroup, 2015).
espite emerging trends of plasticizers manufacturing to become
ncreasingly phthalate-free, the PA market currently accounts for more
han 3 million tonnes per year and is expected to grow at about 2.4%
er year in the near term (IHS, 2015).
Until the 1960s PA was based on coal-tar naphthalene oxidation pro-
esses. In the 90s, most of the PA was obtained from o-xylene, which
an be separated from mixtures of xylenes containing roughly one third
-xylene and two thirds p-xylene. Although most of the PA produc-
ion plants typically envisage possibilities of switching between the
wo feedstocks, the manufacturing costs are necessarily linked to fossil
mostly oil) price ﬂuctuations. As such, a renewable route to PA would
e highly encouraged as a ﬁrst step towards a completely bio-based
roduction of polyesters or polycarbonates (Winkler et al., 2015).
The development of chemicals manufactured from renewables (i.e.io-based chemicals) has been receiving an increasing interest not only
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263-8762/© 2015 The Authors. Published by Elsevier B.V. on behalf of Th
nder the CC BY license (http://creativecommons.org/licenses/by/4.0/).due to environmental policies (at both national and international lev-
els) but also due to initiatives of private companies (like Cargill and
BASF) (Golden and Handﬁeld, 2014). The emerging bioeconomy growth
is currently led by the bio-plastics sector but is expected to soon include
specialty chemicals up to a signiﬁcant extent (Arundel and Sawaya,
2009). The replacement of petroleum-derived products with bio-based
ones is a promising answer to energy security and climate change
issues. As a matter of fact, a large number of potential applications
of biomass to produce bulk and niche chemicals have already been
disclosed by chemistry and biotechnology researchers (EC, 2006) but
concerns regarding the technical and practical feasibility of large-scale
bioreﬁning infrastructures still hinder the expansion of these systems.
Bio-ethanol has received considerable attention as a basic chemical
and fuel additive. The extensive research on bioethanol has revealed
that process intensiﬁcation is essential to cut the production costs and
ensure process viability. He and Zhang (2011) designed and optimised a
thermo-chemical process for ethanol production where biomass wood
chips were dried and gasiﬁed. The syngas produced was then cleanedwere puriﬁed and sold. He and Zhang (2011) assessed the process in
e Institution of Chemical Engineers. This is an open access article
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and ethanol production cost. The results showed that major contrib-
utions to the production cost are from biomass feedstock and syngas
cleaning. Cost-competitive ethanol production can be realized with
optimal systematic conguration and heat integration as well as high
value by-products.
In the bioreﬁning context, though, only a limited number of stud-
ies have proposed rigorous techno-economic assessments of selected
bio-based chemicals. Trippe et al. (2011) proposed a techno-economic
assessment of biomass-derived slurry (bioliq) in a potential industrial
scale entrained ﬂow gasiﬁer. They emphasised that the role of syngas in
future bioeconomy allowed a wide variety of fuels and chemicals using
speciﬁc catalysts, and that feedstock cost mainly affected production
costs.
The integration of lactic acid production in the sugarcane-based
bioreﬁnery was targeted by Sikder et al. (2012). Lammens et al. (2012)
have developed a techno-economic feasibility analysis of bio-based
products derived from glutamic acid.
Haro et al. (2013) proposed the conceptual design of 12 alternatives
developed around the concept of an indirect ethanol production biore-
ﬁnery using dimethyl ether (DME) as an intermediate. They studied
the polygeneration of high-value chemical products (methyl acetate
and H2), liquid transportation fuels (ethanol and DME) and electricity.
For the market price of products the internal rate of return was always
above 20% for process concepts based on DME carbonylation. In the
most proﬁtable scenario, a rate of return of 28.74%, was obtain where
methyl acetate, DME and power were produced.
Cok et al. (2014) proposed an energy and greenhouse gas emissions
assessment of bio-based succinic acid obtained from carbohydrates.
Kim et al. (2014) performed a conceptual design and studied the eco-
nomics of ethanol production using starch and lignocellulosic biomass
as starting feedstocks. They showed that the economics of the sys-
tem were signiﬁcantly improved when the efﬁciency in the use of
biomass was augmented. They combined several pretreatment pro-
cesses (i.e. the dilute acid and aqueous ammonia pretreatments), and
proposed a process of waste media containing xylose for the production
of 7-aminocepha-losporanic acid. Tang et al. (2014), ﬁnally, explored in
their review the role of GVL (-valerolactone), obtainable by selective
hydrogenation of lactic acid and its esters, as a solvent for producing
chemicals and building-block for generation biofuels. A cost-effective
process for producing lactic acid from lignocellulosic biomass was
shown as the real bottleneck for the GVL production in a large scale,
because of its strong acidity and low volatility.
A renewable route to PA was investigated at a lab scale by Mahmoud
et al. (2014) using biomass-derived furan (F) and maleic anhydride
(MA). This represented a promising avenue for the production of PA
from diverse routes compared to the traditional fossil-based one at the
same time using residual feedstock (the so-called second generation
biomass) whose exploitation would not interfere with the food supply
chain. In this work, the originally developed conceptual design pro-
posed by Giarola et al. (2015) for the production process of PA from
corn stover, is extended proposing pinch analysis and energy integra-
tion solutions. Additional product sales are also modelled as a means
to improve the proﬁtability of the system (levulinic, maleic anhydride
and formic acid, i.e. LA, MA, FA). The full techno-economic assessment,
including economic and cash ﬂow analyses as well as the water con-
sumption and greenhouse gas (GHG) emissions appraisal of the process
are presented.
2.  Materials  and  methods
2.1.  Gas-phase  oxidation
PA is produced via the oxidation reaction occurring at about
360–390 ◦C (Lorz et al., 2012) of:
• o-xylene, with a heat of reaction between 1300
and 1800 kJ/mol of o-xylene and expected yields of
110–112 kg PA/100 kg o-xylene• naphthalene, with a heat of reaction of 2100–2500 kJ/mol
and yields usually not exceeding 98 kg PA/100 kg naphtha-
lene; carbon dioxide is a co-product.
The traditional source for PA production was coal-tar naph-
thalene, which could be available at adequate purity only
at high costs. Recently, the PA manufacturing has shown a
shift towards o-xylene use, for the more  attractive yields,
availability and cost. As a major drawback, the process eco-
nomics became more  exposed to the main feedstock price
variations as well as the high volatility of mixed xylenes in the
international market (ICIS, 2015). In order to hedge this risk,
some plants allow o-xylene-naphthalene switching or include
a xylene separation plant.
The ﬁrst patent (BASF in 1896) used concentrated sulphuric
acid in the presence of mercury salts to perform the oxidation,
but the major advancement in PA manufacturing occurred
when the ﬁrst vapour-phase process spread across the world
with the development of highly selective catalysts based on
vanadium pentoxides.
When o-xylene is the feedstock, it is ﬁrst vaporized, mixed
with hot air and passed through a ﬁxed-bed tubular reac-
tor where the oxidation takes place. The exothermic heat is
removed by a molten salt bath circulated around the reactor
tubes and transferred to a steam generation system.
When a naphthalene-based feedstock is used, vaporized
naphthalene and compressed air are transferred to a ﬂuidized
bed reactor and oxidized in the presence of a catalyst. The
cooling tubes transfer the exothermic heat from the catalyst
bed to produce high-pressure steam.
The reactor efﬂuent gases are ﬁltered to recover the cata-
lyst, precooled and passed through a liquid condenser, ﬁrst,
and to a switch condenser system, then, where the PA is con-
densed on the ﬁnned tubes as a solid. The switch condensers
are cooled by a heat-transfer oil in an automated switching
cycle: during the cooling cycles, PA crystals form while, dur-
ing the heating cycle, the deposited PA is melted and collected
from the condenser tubes in a storage tank. The exhaust gases
still contain byproducts and small quantities of PA and must
be cleaned by scrubbing with water, or catalytically or ther-
mally incinerated. If scrubbing with water is employed, it is
possible to concentrate the maleic acid, and, from the scrub-
bing solution maleic anhydride. The crude liquid is transferred
to a continuous thermal/chemical treatment system, which
converts the phthalic acid formed into the anhydride, then
puriﬁed (99.8% wt.) in a continuous two-stage vacuum distil-
lation system.
Current industrial plants exhibit a good variety of tech-
nological solutions operating at different ranges of o-xylene
loadings (from 80 g/m3 (STP) in the Alusuisse - Ftalital LAR (low
air ratio) process, up to 105 g/m3 (STP) in the BASF process).
2.2.  A  novel  synthesis  to  PA  based  on  biorenewables:
input  assumptions
In this work, a generic, simpliﬁed PA production process
(displayed in Fig. 1) using corn stover as raw material was
developed and simulated by means of a process simulator
(Aspen PlusTM). An energy optimisation was then performed
according to the principles of the pinch analysis. An environ-
mental appraisal of the GHG emissions of the process using
a life cycle approach was also conducted. The water con-
sumption of the system was also estimated. Table 1 reports
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t al., 2011).
The process conceptual design was developed aiming at the
ull exploitation of the biomass macro-components (i.e. cellu-
ose, hemicellulose and lignin). It was based on an extensive
urvey of technical chemistry solutions (i.e. experimental and
ndustrial) and sensitivity analysis to screen promising pro-
ess conﬁguration alternatives. The simulation mainly uses
Table 1 – Feedstock composition.
Component Mass fraction
(dry basis)
Cellulose 0.3895
Galactan 0.0159
Mannan 0.0069
Xylan 0.2831
Arabinan 0.0476
Lignin 0.1346
Acetate 0.0635
Protein 0.01
Ash 0.0489s overview.
component physical properties internal to the software as well
as property data developed at NREL (Humbird et al., 2011).
Vapour–liquid equilibria were described using the NRTL
model, considering O2, N2, CO2, CH4 and H2 as components
following Henry’s Law.
Liquid–liquid extraction systems were modelled using
the UNIFAC-Dortmund property model according to Román-
Leshkov (2014).
Reactors have been modelled using ﬁxed conversion units.
A rigorous modelling of kinetics was outside the scope of the
work.
2.3.  Process  overview
The plant was designed to treat a nominal capacity of
104,167 kg/h of milled corn stover at 20% wt.  of bulk mois-
ture content for the production of PA. This plant size would be
compatible with a 50-mile biomass collection radius, which is
considered suitable for a lignocellulosic bioreﬁnery (Humbird
et al., 2011). The process was divided into six key areas:• Feed Handling. The feedstock (i.e. milled corn stover) is
delivered to the feed handling area from which it is
184  chemical engineering research and design 1 0 7 ( 2 0 1 6 ) 181–194conveyed to the pretreatment reactor. This section was not
simulated in Aspen PlusTM.
• Pretreatment and conditioning. The biomass is treated with
a co-current dilute-acid pretreatment to make the hemi-
cellulose sugars and the cellulose available for subsequent
reactions. Ammonia-based conditioning is used for the
hydrolyzate pH neutralisation.
• Reaction. This section is segmented into parts speciﬁ-
cally designed to treat each biomass fraction, after the
lignin is separated from the hydrolyzate. The cellulose is
ﬁrst sacchariﬁed and isomerised. It is converted into 5-
Hydroxymethylfurfural (HMF) and, ﬁnally, maleic anhydride
(MA). Hemicellulose sugars are reduced to furfural by adding
sulphuric acid. Furfural is converted into a parallel scheme
of reactions: it partly goes into either furan (F) production
or MA.  MA and furan (F) react for the production of PA on
an equimolar basis.
• Furfural puriﬁcation. The neutralised hydrolyzate obtained
is treated with sulphuric acid for being converted into fur-
fural, which is then distilled off and concentrated.
• HMF  puriﬁcation. HMF  is separated and extracted from the
aqueous mixture by adding MIBK and creating a biphasic
system.
• Product puriﬁcation. This section includes all the major
reactants (i.e. MA, F) and products puriﬁcation (i.e. PA,
formic acid FA).
2.4.  Selected  reactions
This section is devoted to the description of the reaction paths
modelled. Reactors tags and streams refer to the representa-
tion of the process as reported in Fig. 2. The ﬂowsheet of the
recovery sections is reported in Figs. A.1–A.3.
A summary of reactors operating conditions, reactions and
main reactant conversions is reported in Table A.1.
In order to make the hemicelluloses available, the biomass
must undergo pretreatment, which was modelled according
to Humbird et al. (2011). As such, in the presteamer M1 milled
corn stover is mixed with steam (at 7 atm and 100 ◦C). It is then
Fig. 2 – PA process: detaitreated in the pretreatment reactor M2 (operating at 5.7 atm
158 ◦C) with dilute sulphuric acid (2.21% of inlet solids by
weight). Under these conditions, 90% of the xylan is assumed
to convert into xylose; also side reactions are occurring as
listed below (r1)–(r7).
At this stage, the hydrolyzate is treated in a neutralisation
(M3, operating at 77.1 ◦C and 5.7 atm) and a reacidiﬁcation sec-
tion (M4, operating at 77.4 ◦C and 3.4 atm). Ammonia is ﬁrst
added to convert acids into ammonium sulphate and acetates;
then the amount in excess is neutralised with sulphuric acid
into ammonium sulphate (r8)–(r11).
Solids (i.e. unreacted hemicellulose, cellulose and lignin)
are ﬁltered in the pressure ﬁlter FP1 and separated from the
liquid hydrolyzate, assuming a unitary separation efﬁciency.
cellulose + H2OH2SO4−→ glucose (1)
cellulose
H2SO4−→ HMF + 2H2O (2)
xylan + H2OH2SO4−→ xylose (3)
xylan
H2SO4−→ furfural + 2H2O (4)
acetate
H2SO4−→ C2H4O2 (5)
HMF + 3H2OH2SO4−→ TAR (6)
furfural + 3H2OH2SO4−→ TAR (7)
C2H4O2 + NH3 → NH+4 C2H3OO2− (8)
H2SO4 + 2NH3 → (NH+4 )2SO2−4 (9)
xylose → TAR (10)
H2SO4 + 2NH3 → (NH+4 )2SO2−4 (11)The C5-sugars in the hydrolyzate (mainly xylose) are dehy-
drated to furfural in R1 (r12)–(r13). The reaction system was
l on reactor scheme.
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todelled according to the setup reported by Mandalika and
unge (2012) who achieved high product yields and low degra-
ation by performing a batch reactive distillation, sulphuric
cid-catalyzed, of several pentosan-rich biomass, such as mis-
antus or corn stover. In the experimental procedure, furfural
as immediately distilled off avoiding condensation reactions
ith sugars into humins. The selection of this reaction path
llowed a homogeneous reaction medium and the continuity
ith the one used in the pretreatment. The reaction system
as modelled in Aspen PlusTM using two separate units: a
xed conversion reactor (operating at 168.5 ◦C and 7.6 atm)
ollowed by a distillation tower.
Two  alternative conversion routes for furfural have been
onsidered:
 in R2, furfural is oxidized in presence of oxygen (nearly
atmospheric pressure and 319.85 ◦C) over VOx/Al2O3 cat-
alysts with 73% selectivity to MA  (Alonso-Fagúndez
et al., 2012), while side-reactions would mainly yield
to 2-furanone. A simpliﬁed reaction path was modelled
(r14)–(r16);
 in R3, furfural is converted into F (at 90.9% yield) via vapour-
phase decarbonylation (atmospheric pressure and 310 ◦C)
over Pd-Li-alumina catalyst promoted with cesium carbon-
ate. The reaction path (r17)–(r19) was modelled considering
experimental yields as reported by Ozer (2014). The main by-
products were furfuryl alcohol and tetrahydrofuran (THF).
A sensitivity analysis was carried out at a preliminary
tage of the simulation to determine the relative merit (using
he undiscounted proﬁt as performance metric) of alternative
roduct portfolios as achieved from varying the split between
he two furfural-related avenues. The best split ratio between
he two conversion paths for furfural was found to privilege F
roduction (60% of the overall furfural rate).
ylose
H2SO4−→ furfural + 3H2O (12)
urfural + 3H2OH2SO4−→ TAR (13)
urfural + 0.5O2 → furan + CO2 (14)
uran + 0.5O2 → furanone (15)
uranone + O2 → MA  + H2O (16)
urfural → furan + CO (17)
urfural + H2 → furfuryl alcohol (18)
uran + 2H2 → THF (19)
The neutralised hydrolyzate (stream cellulose-lignin)  is
iluted with water to a 20% solid loading before entering the
acchariﬁcation (R4) which takes place at 48 ◦C. The main reac-
ion (r20) modelled according to Humbird et al. (2011) allows
0% conversion of cellulose into glucose, adding 2% of cellu-
ase per unit of inlet cellulose by weight.
The C6 sugars (i.e. glucose) produced from the sacchari-
cation are separated from the residual solids through the
ressure ﬁlter FP2. These sugars are involved in the reac-
ion branch leading to MA  via HMF.  Since the glucose can
e dehydrated into HMF  only at low yields when the reac-
ion is carried out in an aqueous medium, preliminary glucoseisomerisation to fructose is recommended. In this process
design, the isomerisation (the rate-limiting step) occurring
in R5, was modelled involving the reaction (r21) (Gaily et al.,
2010), operating the system at 10% glucose solution and 60 ◦C
using isomerase enzyme (15% by weight of the treated glu-
cose). The spent enzyme is separated in the pressure ﬁlter FP2.
The unreacted glucose was recycled to the isomerisation reac-
tor. A triple effect evaporator system was employed (EV1 in
Fig. 2) which operates at 0.35, 0.2 and 0.09 atm to concentrate
the feed to reactor R5 from 10 to 30% wt. of sugars.
cellulose + H2O → glucose (20)
glucose → fructose (21)
The obtained fructose is then dehydrated in R6 to HMF  as
proposed by Román-Leshkov (2014), who used a biphasic sys-
tem where the HMF produced in the aqueous medium (using
hydrochloric acid as a catalyst) was extracted into an organic
phase. Among the alternatives proposed by the authors, a good
balance of fructose conversion (91%) and HMF  selectivity (60%)
was achieved using MIBK as the extractive agent with a volu-
metric ratio against the liquid phase equal to 1.51. The reaction
path of the unit R6 was modelled as shown in (r22) and (r23),
with LA and FA as major by-products. MIBK was modelled
as an extractive agent, thus neglecting hydrochloric acid in
the process. Alternative extractive agents proposed by Román-
Leshkov (2014) (i.e. mixtures of MIBK and 2-buthanol) did not
prove to be more  efﬁcient from the process system modelling
perspective as they would introduce an additional azeotrope
with water (i.e. 2-buthanol-water).
fructose → HMF + 3H2O (22)
HMF  + 2H2O → CH2O2 + C5H8O3 (23)
The HMF is then oxidized yielding MA at 52% over VO(acac)2
catalysts according to the scheme proposed by Du et al. (2011).
The reaction occurs in the unit R7 and involves the oxidation
of HMF to MA as main reaction (r23) and MA hydration to
its corresponding acid (r25). The additional by-products into
which HMF is reported to degrade (2,5-dyformylfuran, esters,
humins) have been modelled as side streams leaving the reac-
tor. The reaction medium has been simulated considering just
acetonitrile as a solvent, as it accounts for the largest share in
the solution medium (82% wt.).
HMF  + 2O2 → MA + 2CH2O2 (24)
HMF  + 3O2 → MAc + 2CO2 + H2O (25)
PA was produced at lab scale in a two reaction steps
(Mahmoud et al., 2014): a Diels-Adler cycloaddition between
F and MA at room temperature and solvent free conditions
(yielding 96% of oxabornene dicarboxylic anhydride) was fol-
lowed by the dehydration of the intermediate at 79.85 ◦C in a
mixture of sulfonic carboxylic anhydrides in methanesulfonic
acid. The experimental procedure has been modelled (R8) in a
simpliﬁed manner involving two main reactions at room tem-
perature: one between F and MA  into PA and the formation
of the corresponding acid (PAc) (r26) and (r27). The presence
of the anhydrides mix  was not modelled in the vapour–liquid
equilibrium due to the lack of property characterisation. The
reactor efﬂuent is ﬁrst ﬂashed (in FL2, operating at 60 ◦C and
186  chemical engineering research and design 1 0 7 ( 2 0 1 6 ) 181–1941.5 atm) then PA and PAc are separated in a pressure ﬁlter (FP4).
The ﬁnal PA crystallization step was not modelled in Aspen
PlusTM.
furan + MA  → PA + H2O (26)
PA + H2O → PAc (27)
2.5.  Separation  system
The separation system was intended to recover the ﬁnal prod-
ucts for sale and the chemical intermediates before being sent
to the corresponding reactors where they are transformed, as
described in Section 2.3.
The binary interactions parameters have been regressed
from experimental data for the major azeotropic systems
(water-ACN, (Maslan and Stoddard, 1956), water-FA, (Ito and
Yoshida, 1963), water-THF (Pick, 1972)).
The UNIFAC-Dortmund property model was implemented
assuming the functional groups for the compounds involved
in the extraction units. In particular:
• fructose was modelled with 1 4-bonded C group, 4 OH-
groups, 2 CH2 groups, 2 CH groups, 1 aldehydic group
• glucose was modelled with 4 OH-groups, 1 CH2 group, 4 CH
groups, 1 aldehydic group
• HMF  was modelled using 1 CH3OH and 1 furfural group
(Román-Leshkov, 2014)
• LA was modelled with 2 CH2 groups, 1 COOH group, 1 CH3CO
(ketone) group
The recovery system hereby shows two major changes
compared to the original design proposed in Giarola et al.
(2015):
• the stabilizer which originally followed reactor R8 was
replaced by a simple ﬂash (FL2);
• the MIBK recovery was redesigned with the addition of
series of extractors and the removal of a distillation column
which preceded, in the previous design, the pressure swing
distillation (PSD) for the FA puriﬁcation.
The detailed description of the separation system is orga-
nized per recovery section:
• Recovery: In the outlet stream from reactor R1, furfural is
available at about 7.7% wt. and needs puriﬁcation before
being sent to the F and MA  synthesis branches. This sep-
aration is challenged by the presence of an azeotrope in
the system water-furfural.  Fig. A.1 gives an explanatory rep-
resentation of the separation system modelled, which was
developed after (Arnold and Gross, 1964) and enabled a high
purity furfural stream. It is composed of a ﬁrst tower (T1)
which separates a bottom waste stream rich in water and
salts. The distillate is then puriﬁed to extract pure furfural
(T2 bottoms) via a PSD sequence (T2, T3), with an interme-
diate decanter at 40 ◦C.
• Recovery 1: The outlet stream from reactor R2 is ﬂashed ﬁrst
in FL1. FL1 and FL3 (receiving reactor R7 efﬂuent, as shown
in Fig. A.3) overhead vapours (35 ◦C, 1 atm) are mixed and
treated in the scrubber SC1. SC1 overheads are vented, while
bottoms are treated in a series of 3 distillation columns
(T4, T5, T6) to break the water-ACN azeotrope. Adapting the
scheme proposed by Presson et al. (1982), 97.1% of ACN atthe purity of 95% wt. is recovered and recycled before the
reactor R7. The separation scheme is reported in Fig. A.3.
• Recovery 2: As shown in Fig. A.3, the outlet stream obtained
from furfural decarbonylation (R3) is cooled and ﬂashed in
FL4 (operating at 35 ◦C and 1 atm). FL4 vapours are sent
to the water scrubber SC2. FL4, FL2 liquid efﬂuent (TOT7)
and SC2 bottoms are treated in the distillation tower T7,
where F at 99.6% wt. is recovered and sent to the reactor
R8.
• Recovery 3: This section concerns HMF  puriﬁcation and
MIBK recovery following R6, as displayed in Fig. A.2. The
outlet stream from R6 contains a biphasic system where
MIBK is used to preserve HMF from mixing with water
(Román-Leshkov, 2014). The extractor E1 only allows a
coarse separation of HMF  from MIBK (E1). Further treatment
is required to recover the solvent and separate the HMF  from
byproducts:
– the E1 organic phase is further concentrated with a series
of evaporators (EV3) operating at 1.3, 0.4 and 0.013 atm.
The condensates with a high fraction of HMF  and LA
are conveyed to the distillation column T8; the conden-
sates at a higher concentration of MIBK undergo a further
extraction (E2)
– the E1 aqueous efﬂuent stream is sent to a ﬂash (FL5)
operating at 70 ◦C, 0.17 atm, and to a subsequent extractor
E3. An MIBK-rich stream is extracted and a second one
rich in FA is obtained (TOT12);
The MIBK-rich streams obtained from E3 as well as EV3
vapours, T8 distillate and E2, after being ﬂashed in FL6
(17 ◦C, 0.013 atm), are recycled to reactor R6. The HMF-LA
mixture contained in the T8 bottoms is separated in the dis-
tillation column T9: an LA-rich distillate is obtained, while
the bottoms (rich in HMF) are sent to reactor R7.
• Recovery 4: As shown in Fig. A.3, MA is recovered from the
columns T5 and T7 bottoms in the form of MAc  and is
treated into two  series of evaporators (EV2):
– the former sequence is composed of 4 evaporators oper-
ating at 1.18, 0.55, 0.13, 0.03 atm;
– the second sequence is composed of 3 evaporators oper-
ating at 1.05, 0.34, 0.013 atm.
The liquid efﬂuent stream at 90% wt. of MAc  dehydrates
to MA. The MA-rich stream is further concentrated in a
sequence of 2 evaporators (operating at 0.4, 0.1 atm) up to
84% wt. MA is further reﬁned to a 95.2% wt.  Purity in a ﬁrst
distillation column operating under vacuum (T10), where
light compounds are removed overheads and sent to T12.
Heavy compounds are separated in the bottom stream of
column T11. An MA distillate at the purity of 99% wt.  is
recycled to reactor R8 where it reacts at equimolar basis to
the F ﬂows. The MA excess is sold at 97.7% wt.  purity.
The FA-rich streams (EV2 condensates and TOT12) are
treated in a PSD module (T12, T13). T12 overheads are rich
in FA at 90% wt. and are sold as process by-product. The
separation scheme is reported in Fig. A.3.
The streams denoted WWT  are generally water-rich
streams obtained from columns and evaporator condensates
as shown in Figs. A.1–A.3; they are processed in the waste
water system. They contain 6% wt. of COD (Chemical Oxy-
gen Demand), 86% of which (on a mass basis) is converted to
biogas containing 51% mol. CH4 and 49% mol. CO2. All in all,
the WWT  streams would produce 228 g CH4/kg COD removed
(Humbird et al., 2011).
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From the material and energy balance, a techno-economic
analysis of the system was performed. A bottom-up approach
Table 2 – Material balance.
Input Rate (t/h) or (GJ/h) Cost (USD/h)
NG (energy basis) 1056.337 6155.44
Feedstock 104.167 5864.30
Water 5.95 1.49
H2SO4 4.041 349.19
O2 0.101 20.91
H2 0.003 3.34
Cellulase 0.577 1713.81
Isomerase 6.608 2516.87
ACN 0.776 1401.94
MIBK 3.052 9030.70Fig. 3 – PA proc
.6.  Heat  cascade
 pinch analysis was performed to improve the energy net-
ork of the system. The pinch technology approach (Linnhoff
nd Flower, 1978) offers a systematic methodology to obtain
ptimum energy integration of the process. First temperature
nd enthalpy data were gathered for the hot process streams
i.e. those that must be cooled), cold process streams (i.e. those
hat must be heated) from the process simulation. The mini-
um approach temperature was set to 10 ◦C.
The shifted temperature versus enthalpy graph (i.e. heat
ascade) is shown in Fig. 3. The pinch point is at 74.85 ◦C. The
inimum energy requirement was estimated as being equal
o 55.4 MW of the hot utility and 239.1 MW of the cold utility.
To maximise the heat exchanged in the system, starting
rom the basic ﬂowsheet a series of loops to tune the col-
mn  pressure was performed in order to have all the towers
perating either above or below the pinch. In doing so, one of
he major constraints was connected to the product degrada-
ion at high temperatures. In particular, MAc would degrade
o fumaric acid at a temperature of about 130 ◦C, which trans-
ates into irrecoverable loss of product. As such, T10 was
onstrained to operate at a very low pressure to balance both
he needs (product integrity and energy savings). A compres-
or was used to increase the vapour distillate pressure of the
ower T10 from 0.008 to 0.1 atm, thereby undergoing conden-
ation mainly by compression with intermediate cooling down
o 40 ◦C.
The detail of the operating conditions for towers and
xtractors is reported in Table A.2.
The amount of heat which needs to be externally provided
o the plant (as shown in Fig. A.4 where temperatures of reboil-
rs (as cold streams), condensers (as hot streams) as well as
he heat of reactions were added to the heat cascade) was
alculated as being equal to 311 MW.  The left-over of solids/
pent enzymes, biogas (obtained from the waste water treat-
ent) and natural gas (NG) were fed to the combined cycle gas
urbine and respectively contributed to 32%, 16% and 52% of
he overall energy inlet. Steam and electrical efﬁciencies were
ssumed equal respectively to 55% and 30% calculated on the
asis of inlet energy (IEA-ETSAP, 2005). This solution allowed a
o-production of 170 MW of power alongside the raised steam
311 MW of high pressure steam and 85 MW of low pressure
team). As the plant power demand equals 18 MW,  a net power
urplus (152 MW)  is generated and can be sold to the grid.High and low pressure steam are produced with the
ombined-cycle gas turbine. heat cascade.
Refrigeration at lowest temperatures of the heat cascade
are guaranteed by an NH3 refrigeration cycle (17.3 kg/s of
refrigerant is used) operating between (0 ◦C, 4.3 bar) and (30 ◦C,
11.7 bar) with a COP of 4.75. The system absorbs 22.7 MW on
the evaporator side and releases 20.7 MW heat to 992 kg/s
of river water on the condenser side. Water temperature is
assumed to change between 23 and 28 ◦C.
The remaining 304 MW of cold utility is removed from the
system at 30 ◦C with 4278 kg/s of river water.
3.  Results
3.1.  Material  and  energy  balance
In Table 2 the process material balance is displayed. Overall,
the process receives 104,167 kg/h of milled corn stover and
produces: 7015 kg/h of PA, 567 kg/h of PAc (alongside 85 kg/h
of water) which is assumed to be subsequently dehydrated to
obtain a full anhydride output stream, 1657 kg/h of MA  (98%
wt.), 4745 kg/h of FA (90% wt.) and 7794 kg/h of LA (99% wt.).
The plant is assumed to operate for 8400 h/y.
Table 2 also displays the monetary ﬂows  associated with
consumables. The inlet ﬂow of water is the water makeup cal-
culated as a result of the water balance discussed in Section
3.3.
Assumptions on unitary purchase costs and product selling
prices are presented in Table A.3.
3.2.  Financial  analysisNH3 1.078 714.45
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Table 3 – Equipment cost.
Item Reference Cost (USD)
Pumps Peters et al. (2004) 1,470,450
Compressors Peters et al. (2004) 10,951,507
Towers Peters et al. (2004) 50,978,582
Heat exchangers Peters et al. (2004) 23,111,168
Evaporators Peters et al. (2004) 20,147,237
Reactors Peters et al. (2004) 32,997,821
Filters Peters et al. (2004) 19,882,913
Power island IEA-ETSAP (2005) 103,789,114
Total purchased cost 263,328,792
Total installed cost 368,660,309
Table 4 – Total capital investment.
Item Method (Humbird
et al., 2011)
Cost  (USD)
ISBL 159,539,678
Warehouse 4% of ISBL 6,381,587
Site development 9% of ISBL 14,358,571
Additional piping 4.5% of
ISBL
7,179,286
Total direct cost (TDC) 396,579,753
Prorateable expenses 10% of TDC 39,657,975
Field expenses 10% of TDC 39,657,975
Home ofﬁce and
construction fee
20% of TDC 79,315,951
Project contingency 10% of TDC 39,657,975
Other costs (Start-Up,
Permits, etc.)
10% of TDC 39,657,975
Total indirect costs 237,947,852
Fixed capital
investment (FCI)
634,527,604
Land 1% of TCI
(Peters
et al., 2004)
6,729,838
Working capital 5% of FCI 31,726,380
Total capital
investment (TCI)
672,983,823
proposed in Table 5. The puriﬁcation systems for O2, H2 and
Table 5 – Total operating costs.
Cost Method (Humbird
et al., 2011)
Value (USD
per year)
Utilities 51,705,713
Consumables 132,322,562
Feedstock 49,260,086
Electricity −82,980,369
Maintenance 3% of ISBL 4,786,190
Insurance 0.7% of FCI 4,441,693
Labour Scaled with
power of 0.2
(Humbird
et al., 2011)
5,365,125was used to determine the delivered cost per item of equip-
ment, according to the methodology proposed by Peters et al.
(2004). A correction factor was applied to the costs derived
from the literature to account for the use of stainless steel
material. Installation costs have been estimated as being 40%
of the delivered costs. The obtained equipment cost values are
reported in Table 3 alongside the corresponding reference.
The cost estimation for the pieces of equipment was devel-
oped considering:
• pumps:  mainly centrifugal pumps were envisaged through-
out the process; only the handling of solids and ﬂuids
mixture in the pretreatment section included screw feeders;
• compressors: 5 compressors are present:
– two are used for O2 and H2 compression and absorb
respectively 1.5 and 0.6 MW;
– one is used for the recovery of MIBK. It absorbs 6 MW
and enables the condensation of the solvent gaseous
stream at a temperature of 40 ◦C: the gaseous stream is
compressed from 0.013 to 1 atm, thus condensing, and
recycled to reactor R6
– one is used in the MA  reﬁning, to compress the overhead
vapour from column T10 from the 0.008 to 0.1 atm, before
condensing. It absorbs 0.3 MW
– one is used in the NH3 refrigeration system and absorbs
5 MW of power
• columns: construction details are reported in Table A.2,
where the number of stages refers to the theoretical ones
in case of trays and to real ones in case of packing. Sieve
tray distillation columns have been preferred in presence
of streams with tendency to fouling: an overall Murphree
efﬁciency equal to 0.5 was used to calculate the number of
real stages from theoretical ones obtained from the simula-
tion. Packing columns have been selected for scrubbers and
towers operating under vacuum. In case of high vacuum,
Intalox Structured Packing (ISP) has been chosen to reduce
the pressure drops;
•  heat exchangers:  the minimum number of heat exchangers
was estimated as being 69 and was determined from the
number of hot streams, cold streams and utilities placed
above and below the pinch as a result of the heat cascade.
Then a scaling rule was used to estimate the costs of a
set of ﬂoating-head heat exchangers, assuming an average
exchange area of 40 m2, as a plausible upper bound on the
cost of the heat exchangers;
• evaporators: the sets of multiple effects evaporators as
described in Sections 2.3–2.4 alongside the one used in the
refrigeration cycle, have been modelled in the cost analysis
as vertical evaporators;• reactors: costs were estimated assigning a residence time
for the reaction mix  in the reactor. The residence time for
the sacchariﬁcation was assumed 3.5 days (Humbird et al.,
2011); the remaining reactions have been assigned a 1 hour
residence time, projecting a future increase of efﬁciencies
alongside the scale-up;
• solid separations: the solid separators described in Section 2.4
have been modelled in the cost analysis as pressure ﬁlters;
• power island:  the combined-cycle gas turbine system cost
was estimated considering an installed capital cost equal
to 1100 USD/kWe for 2008 (IEA-ETSAP, 2005). An installation
factor equal to 2 was used to calculate the power generation
purchased cost.
The index CEPCI (ChemicalEngineering, 2015) was used
to update capital cost values with time. Tables 3 and 4 col-
lect respectively the detail of the equipment costs (purchased
and installed) and the total capital investment of the process,
which turns to be equal to 673 million USD. These preliminary
cost estimations are believed to have 30% accuracy.
The breakdown of ﬁxed and variable operating costs isTotal Product Cost (TPC) 164,901,001
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Fig. 4 – PA process: cumulative cash position.
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from renewables environment was conducted (Table 7). Emis-
sion factors were retrieved from the database Ecoinvent v2.2.
Table 6 – Water balance.
Rate (t/h) Share (% wt.)
Input
biomass 20.83 3.98
H2SO4 (93% wt.) 0.28 0.054
Steam 28.98 5.54
Cellulase 0.02 0.004
Dilution 423.82 81.04
Scrubbers 41.81 7.99
Reaction 7.26 1.39
Total 522.99 100.00
Output
Vent 0.29 0.05
PA 0.09 0.02
FA 0.35 0.07rocess water were not modelled. In these cases, the material
alance was closed assuming:
 99% recovery for the gaseous streams of reagents was
assumed plausible with the exploitation of modern mem-
brane technologies;
 99% of process water recovery was considered after a waste
water treatment composed of anaerobic/aerobic digestion
followed by reverse osmosis (Humbird et al., 2011);
The negative cost associated to electricity is due to the net
urplus of electricity equal to 152 MW produced in the power
sland which is assumed to be sold to the grid.
The allocation of the total operating costs over the prod-
cts rates results in an average production cost of 901.5 USD/t,
hich is relatively competitive against the current PA market
rices.
The ﬁnancial viability of the process was estimated eval-
ating the net present value (NPV) of the process, whose
umulative cash position is shown in Fig. 4. Using a minimum
cceptable rate of return (MARR) equal to 24% to discount the
ash ﬂows, 35% of taxes over proﬁt (Peters et al., 2004) and 6
ears for capital depreciation, the NPV was 318 million USD,
ith 5 years of payback time.
A sensitivity analysis on the capital cost was performed
nd the effects of capital cost variations were studied. In par-
icular:
 a pessimistic scenario was built up with an increase of
capital costs by 30% from the base case and a calculated
production cost of 917 USD/t
 an optimistic case was deﬁned with a reduction by 30% of
the capital and a production cost of 886 USD/t
Fig. 4 shows the cumulative cash positions for the base
ase and the scenarios embedding the capital costs variations.
nterestingly, the business always shows a positive NPV, equal
o 154 and 483 million USD in the pessimistic and optimistic
cenario, respectively. Although a shrinkage of proﬁtability
ccurs in the pessimistic scenario, the internal rate of return
IRR) is still interesting (it reduces from 37% of the base case
own to 29%), but the high capital investment could represent barrier for investors, as the system would be perceived quite
iskier having a payback time of 9 years.3.3.  Environmental  considerations:  water  and  CO2 –
eq emissions
An environmental appraisal has been carried out to estimate
the impact on water resources as well as on climate change
due to the corn stover-based PA production process simu-
lated in this work. The system boundaries included biomass
production and its conversion into products in the plant.
Regarding the production of biomass impact factors were cal-
culated assigning the feedstock a residual value. Accordingly,
the CO2 emissions would include the additional portion of fer-
tilisers needed to keep constant crop yields after the residue
removal (Giarola et al., 2012). Under these assumptions, water
consumption due to biomass growth was neglected, being very
small compared to the water used in the process (Bernardi
et al., 2013). The effect of logistics was considered outside the
scope of the analysis and, thereby, not included.
The water balance in Table 6 shows the relevant share
of dilution water, which is especially required for pretreat-
ment, isomerization and sacchariﬁcation. About 5 t of water
are processed per tonne of biomass. About 99.9 % wt.  of it is
conveyed to the WWT  and is mostly recycled.
The water make-up is equal to 5.95 t/h to balance the WWT
waste and process vents.
An assessment of the emissions for the production of PAWWT 522.26 99.86
Total 522.99 100.00
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Table 7 – CO2 emissions.
Input Emission factor (kg of CO2
emissions/(t or GJ))
Emissions
(kg  CO2
emissions/h)
NG (energy) 1.99 (Frischknecht et al., 2005) 2098.22
Feedstock 53.91 (Giarola et al., 2012) 5615.55
Water 0.675 (Frischknecht et al., 2005) 4.01
H2SO4 123.22 (Frischknecht et al., 2005) 497.98
O2 408.90 (Frischknecht et al., 2005) 41.50
H2 1661.89 (Frischknecht et al., 2005) 4.49
Cellulase 7000 (Slade et al., 2009) 4039.28
ACN 3042.83 (Frischknecht et al., 2005) 2362.60
MIBK 1761.62 (Frischknecht et al., 2005) 5377.08
NH3 2096.20 (Frischknecht et al., 2005) 2259.71They represent emissions from the full product life cycle and
refer to the average European market. The total emission allo-
cated to all the products in the portfolio on a mass basis is
1024 kg CO2/t, which is considerably lower than the conven-
tional process (2534 kg CO2/t). The impact on global warming
due to MIBK was not retrieved from the database and, thus,
was estimated using the methylethylketone one.
3.4.  Discussion
The costs breakdown has shown that the major contributions
to the process operating costs are associated to solvents. MIBK
and ACN together account for 37% of the total expenses,
followed by NG (22%), feedstock (21%), enzymes (15%) and
inorganic chemicals (5%) costs.
The large share of operating costs which relates to reﬁning
and product puriﬁcation is due to the solvent rates mod-
elled, replicating the lab scale conditions of the reactions.
Consequently, these values must be considered as an upper
bound to the separation costs which could be realised with the
process scale-up. The same solvents were also characterised
by a difﬁcult recovery, challenged by the lower efﬁciency
of extraction compared to other separation systems as well
as the tendency of some chemicals involved in the process
to form azeotropic mixtures with water (as in the case of
ACN).
The relatively high contribution to the total cost of enzymes
reﬂects high uncertainty due to the isomerization contribu-
tion. The cost for the glucose isomerase was assumed equal
to 1 USD per 100 g of product (fructose) (Ladisch et al., 1977).
Due to the lack of more  recent data, this value has to be con-
sidered an upper bound to current industrial costs. It is worth
noting, for example, that cellulase has exhibited a 10-fold cost
decrease since the development of the biomass-to-bioethanol
process.
In terms of emissions, the key impact comes from the use of
solvents (MIBK and ACN account for 35% of the total), by feed-
stock and cellulase contributions (25 and 18%, respectively),
other chemicals (12%) and NG (10%). These results again high-
light the need for this process development to increase the
concentration of the treated biomass in the pretreatment and,
in general, reduce the amount of water handled in the process
to improve overall energy efﬁciency.4.  Concluding  remarks
A conceptual design was proposed for the production of
phthalic anhydride from milled corn stover. This bioreﬁn-
ing system proved to be highly energy intensive due to the
low concentration of reactants in the system and the pres-
ence of several azeotropes. In order to be economically viable
a full portfolio of products was obtained valorising all the
carbohydrate fractions (into phthalic anhydride, maleic anhy-
dride, formic acid, levulinic acid) and a pinch analysis was
carried out to maximise the energy integration in the sys-
tem. The lignin is burnt, thus reducing the amount of natural
gas fed to the power island. A techno-economic and ﬁnancial
analysis was performed showing that the process would be
proﬁtable, although some uncertainty remains in the future
market opportunities for formic acid in view of an expan-
sion of bioreﬁning-processes. The life cycle GHG emissions
appraisal of the process appears promising compared to the
traditional process for the production of PA, although some
reliance on fossils would be envisaged, in particular in the
combined heat and power section.
Among the major aspects which would require further
investigation there would be:
• the cross comparison of alternative separation methods
against the extremely energy intensive distillation, partic-
ularly when dealing with azeotropic mixtures or unstable
species. The case of HMF would be of particular interest:
there is only one case of production at industrial scale (AVA,
2015). At the same time, experimental studies show differ-
ent results regarding performance of the separation process.
This would call for additional research to estimate potential
product degradation in the proposed ﬂowsheet.
• the evaluation of sensitivity scenarios on solvent consump-
tion reduction, to be stimulated by scaling-up efforts
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Appendix  A.Fig. A.1 – PA process: furfural recovery.
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Fig. A.2 – PA process: HMF-MIBK-LA recovery.
Fig. A.3 – ACN-F-MA-FA recovery.
Fig. A.4 – PA process: heat cascade with columns and heat of reactions.
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Table. A.1 – Selected reactions.
Reactor tag Reaction Temperature (◦C) Pressure (atm) Reactant Conversion
M1, M2 (r1) 100, 158 7, 5.7 Cellulose 0.099
M1, M2 (r2) 100, 158 7, 5.7 Cellulose 0.003
M1, M2 (r3) 100, 158 7, 5.7 Xylan 0.9
M1, M2 (r4) 100, 158 7, 5.7 Xylan 0.05
M1, M2 (r5) 100, 158 7, 5.7 Acetate 1
M1, M2 (r6) 100, 158 7, 5.7 HMF 1
M1, M2 (r7) 100, 158 7, 5.7 Furfural 1
M3 (r8) 77.1 5.7 Acetic acid 1
M3 (r9) 77.1 5.7 Sulphuric acid 1
M3 (r10) 77.1 5.7 Xylose 0.01
M4 (r11) 77.4 3.4 Ammonia 1
R1 (r12) 168.5 7.6 Xylose 0.851
R1 (r13) 168.5 7.6 Furfural 0.054
R2 (r14) 319.85 1.1 Furfural 1
R2 (r15) 319.85 1.1 Furan 1
R2 (r16) 319.85 1.1 Furanone 0.84
R3 (r17) 310 1 Furfural 0.909
R3 (r18) 310 1 Furfural 0.032
R3 (r19) 310 1 Furan 0.001
R4 (r20) 48 1 Cellulose 0.9
R5 (r21) 60 1 Glucose 0.589
R6 (r22) 179.85 1 Fructose 0.91
R6 (r23) 179.85 1 HMF 0.4
R7 (r24) 90 1 HMF 0.35
R7 (r25) 90 1 HMF 0.17
R8 (r26) 25 1.5 MA 0.768
R8 (r27) 25 1.5 PA 0.07
Table. A.2 – Columns and extractors speciﬁcations.
Tower tag (number) Overhead, bottom temperature (◦C) Pressure (atm) Diameter (m) Stages (ideal)
T1 97.63, 101.40 1 5.4 (SIEVE) 10
T2 99.63, 161.35 1 4.47 (PALL) 10
T3 100.04, 101.03 1.04 1.40 (PALL) 11
SC1 25.14, 31.02 1 1.38 (PALL) 5
T4 96.56, 128.98 2.04 2.65 (PALL) 7
T5(2) 38.94, 51.68 0.23 6.36 (PALL) 7
T6(2) 122.95, 130.31 4.08 5.77 (ISP) 10
SC2 26.77, 44.55 1 1.15 (PALL) 5
T7 75.52, 142.55 3.8 1.71 (SIEVE) 20
E1 24.85, 24.85 1 3.46 (PALL) 5
E2 15, 15 1.3 1.00 (PALL) 5
E3 25, 25 1  2.15 (PALL) 5
T8 76.24, 181.70 0.08 3.07 (PALL) 5
T9(2) 137.10, 143.94 0.013 5.80 (PALL) 60
T10 13.10, 71.10 0.008 4.90 (PALL) 20
T11 76.74, 146.52 0.01 2.55 (PALL) 5
T12(2) 139.52,179.75 6.5 5.74 (SIEVE) 50
T13 41.69, 56.33 0.1 1.90 (PALL) 40
Table. A.3 – Unitary cost.
Item Source Unitary cost (USD2015/t) or (USD2015/energy unit)
Biomass Humbird et al. (2011) 56.30
H2SO4 ICIS (2015) 86.40
NH3 ICIS (2015) 662.75
Enzymes jbei (2009) 2970
MIBK ICIS (2015) 2958.60
ACN ICIS (2015) 1805.59
O2 chemicool (2015) 206
H2 chemicool (2015) 1236
Water Humbird et al. (2011) 0.25
Electricity (kWh) Humbird et al. (2011) 0.065
NG (GJ) EIA (2015) 5.83
Item Source Selling price (USD2015/t)
FA Hayes et al. (2008) 121
LA Hayes et al. (2008) 5850
MA ICIS (2015) 1805.59
PA ICIS (2015) 1048.53
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